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ABSTRACT: Techniques that produce chemicals and fuels from sustainable carbon sources will have to maximize the carbon
recovery to support circularity. In dual fluidized bed (DFB) gasification, to facilitate carbon recovery, the CO2 from the flue gas can
be concentrated using pure oxygen as an oxidant. The heat required by the process can also be provided electrically or by oxidizing
an oxygen-carrying bed material, rather than combusting part of the char, thereby concentrating all of the carbon in the syngas. In
this work, the three configurations of oxyfuel, electrical, and chemical-looping gasification (CLG) are compared to each other, as well
as to the standard or “air” configuration, which corresponds to the combustion of char with air and the separation of CO2 from both
the flue gas and syngas. The configurations are compared based on their carbon distributions and energy demands for CO2
separation. We show that the air and oxyfuel configurations lead to similar carbon distributions, whereas the CLG configuration gives
the lowest carbon recovery in the form of an end product. The oxyfuel and CLG configurations show the lowest energy demands for
CO2 separation, while the air configuration exhibits the highest. The electrical configuration has the lowest potential to benefit from
heat integration to cover this energy demand. An investigation into the optimal gasification temperature for the air and oxyfuel
configurations shows that there is no driver for operation at high temperatures.
1. INTRODUCTION
One of the main challenges faced by humanity in the 21st
century is the need to produce goods in a sustainable manner to
maintain a high quality of life across the globe. However, most
consumer goods are based on carbon, the current utilization of
which is far from sustainable. Products such as paper and
cardboards are sourced from renewable biomass and are
recycled at relatively high rates. Thus, 38% of the input for
paper production is waste paper.1 Products such as plastics,
fibers, and resins are based on fossil fuels and, inmost cases, their
carbon content is lost, either in landfills or into the atmosphere
when they are incinerated. The depletion of fossil resources and
the accumulation of carbon in the form of CO2 in the
atmosphere, resulting in global warming,2 must be addressed
by developing a new carbon system, whereby carbon is extracted
from sustainable sources such as biomass or biogenic waste,
while simultaneously contributing to neutral or even negative
emissions of CO2. This would contribute to minimizing global
warming. Ideally, such a system would rely almost entirely on
waste products to generate new carbon-based materials, despite
the inevitable losses, which would be compensated for by
harvesting biomass.3 However, this will require carbon-
extracting technologies that enable the production of carbon-
based materials of virgin quality (i.e., of a quality similar to that
of the original). For this reason, thermochemical processes that
convert waste into building blocks for new materials are likely to
be a cornerstone of the future carbon system.
Thermochemical processes break down the solid carbona-
ceous matrix of biomass and organic waste materials into a
variety of liquid and gaseous compounds. In these processes,
CO2 is produced both directly (through degradation of the
material and its reaction with the surrounding gas environment)
and indirectly (as a byproduct of the generation of heat required
by the thermochemical processes). The produced CO2 can be
reacted to increase the amount of carbon-based material
produced from the source material or it can be sequestered or
emitted into the atmosphere. The latter option is undesirable
but may be acceptable if it results in low levels of emissions.
Nonetheless, and despite the attractiveness of producing
materials from CO2, neutral and negative emissions achieved
via carbon capture and storage (CCS) will likely be needed to
limit the impact of global warming.4
Many thermochemical processes have been investigated, both
academically and industrially. For an overview of the state of
thermochemical conversion processes, with a focus on pyrolysis
and gasification, the readers are referred to the reviews of
Sikarwar et al. on biomass gasification,5 Uddin et al. on biomass
pyrolysis,6 and of Al-Salem et al. on recycling of plastic solid
waste.7 Among the existing thermochemical processes, dual
fluidized bed (DFB) gasification presents a number of attractive
features, including its flexibility in terms of fuel input, high heat-
and mass-transfer rates, homogeneous temperature profile, and
the production of raw gas not diluted with nitrogen, without the
need for producing pure oxygen. DFB gasifiers have been tested
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at the industrial scale with biomass8−10 and at the semi-
industrial3,11,12 and pilot13,14 scales with plastic waste. As shown
in Figure 1, a DFB gasifier consists of two interconnected
reactors: a gasifier, in which the fuel reacts with steam to form a
raw gas, and a combustor, where part of the char from the fuel is
burnt to produce the heat required for the gasification reactions,
with the char and heat being transported by the bedmaterial that
circulates between the two reactors. Fluidized beds are suited to
the extraction of carbon from biomass and waste, as they are
flexible in terms of input fuel and require little or no preparation
of the fuel. This is an important aspect, given that postconsumer
waste is expected to be highly heterogeneous and that the
biomass from which carbon will be extracted will likely be low-
value biomass such as recovered wood. This will avoid
competition with other usages of the biomass and land areas.
The use of fluidized beds also facilitates the introduction of
additives that limit emissions, e.g., limestone for desulfation and
the capture of chlorine. These additives can also act as catalysts
to optimize the output of the gasifier.
In a DFB gasifier, the segregation of the heat production to
another reactor and the possibility to produce the heat in a
variety of ways, apart from the combustion of char, mean that the
process can be operated in various configurations. In the
standard DFB gasification configuration, complete recovery of
the carbon with sequestration of the CO2 entails the separation
of CO2 from the syngas exiting the gasifier and the flue gas
exiting the combustor. In the latter, the CO2 is expected to be
rather diluted, which incurs high costs for separation. To address
this issue, two strategies can be employed: (1) enhancing the
separation of CO2 from the flue gas by increasing its
concentration or (2) avoiding the need for separation by
providing heat without oxidation of carbon in the combustor,
thereby recovering all of the carbon in the syngas as either
product or CO2. The first strategy involves replacement of part
or all of the air in the combustor with pure oxygen, which is
referred to as the “oxyfuel configuration” in this work. For the
second strategy, two configurations, referred to as the “carbon-
free heat production configurations”, are investigated. The heat
can be provided by electric heating, for instance by installing
electrical coils in the bed material loop before the combustor,
which is retained for its role as a regenerator of the bed material.
This configuration is referred to as the “electrical configuration”.
Alternatively, the heat can be produced by taking advantage of
the exothermic reactions of certain metal-based bed materials
with the oxygen in the air, in a configuration referred to as
“chemical-looping gasification” (CLG).15
The DFB gasification technology has been extensively
investigated, albeit mainly with respect to optimizing the
conversion to tar-free syngas in the gasifier. Rarely has the
DFB gasifier been placed in the context of a plant producing a
specific (generally hydrocarbon) end product. Furthermore, the
recovery of carbon from the CO2 produced by the DFB gasifier
and the downstream upgrading and synthesis steps have not
been in focus in the literature. In the future, two factors will be
crucial in evaluating DFB gasification plants: (1) their carbon
recovery potential, i.e., the fraction of carbon from the carbon
source that is recovered as an end product and CO2, and (2)
their potential for neutral or negative emissions through the
sequestration of CO2. Therefore, the aim of the present work is
to investigate the potential for carbon recovery of the DFB
gasification technology, by comparing its possible configu-
rations. This comparison is made on the basis of the
distributions of the carbon that they produce (Figure 2), i.e.,
the distribution of carbon among the end product, the CO2
separated from the syngas, and the CO2 in the flue gas, and on
the basis of their carbon recovery prospects. The challenge
posed by the CO2 separation step is assessed by evaluating the
reboiler heat duty and the CO2 concentrations in the relevant
streams. The optimal operation of the DFB gasification
configurations is discussed, in particular by investigating the
effects of the temperature of the gasifier on the carbon
distribution and the CO2 separation process. This paper focuses
Figure 1. Schematic of a dual fluidized bed gasifier.
Figure 2. Schematic of a DFB gasification plant, whereby raw gas is upgraded and synthesized to a specific end product, and CO2 is separated. The
dashed box for the separation of CO2 from the flue gas indicates that this is an optional step, as the flue gas can be released directly into the atmosphere
(after some cleaning steps).
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on biomass as a carbon source sincemost of the DFB gasification
literature focuses on biomass. Moreover, only biomass has been
converted in large-scale DFB gasification plants.
2. DESCRIPTIONS OF THE DFB GASIFICATION
CONFIGURATIONS
This section discusses the various configurations of the DFB
gasification technology and their potentials for carbon recovery.
First, the DFB gasification based on oxidation of part of the char
in the combustor, referred to in this paper as the “air
configuration” or “regular DFB gasification”, is described. This
configuration is used as the reference from which the other
configurations are derived, as it is the most investigated among
the DFB gasification configurations and the only one that has
been tested at the industrial scale. Possibilities to steer the
carbon distribution and recovery are discussed. Note that these
possibilities are also relevant to the optimization of the carbon
distributions of the other configurations. In the following
section, the “carbon distribution of the raw gas” refers to the
distribution of carbon in the various species that constitute the
raw gas. The overall carbon distribution represents the
distribution of carbon between the CO2 in the flue gas, the
CO2 separated from the syngas prior to synthesis, and the
carbon in the end product, i.e., that produced by the synthesis
step (Figure 2). The overall carbon distribution is referred to
simply as the “carbon distribution” unless another type of carbon
distribution is mentioned.
2.1. Regular DFB Gasification. As described in Section 1,
the regular DFB gasification relies on the combustion of part of
the fuel that leaves the gasifier to cover the heat demand of the
DFB process. The heat demand can also be met by combustion
of part of the product gas from the gasification or the tar, along
with its sorbent if tar cleaning is performed with a scrubbing
medium.
If the goal of the gasification plant is to produce a chemical
species as the end product, then the synthesis of that species will
require a syngas with a specific H2/CO ratio. Therefore, in the
present work, it is assumed that the raw gas from the gasifier will
be reformed, thereby converting all of the hydrocarbons to H2
and CO, and that the H2/CO ratio will be adjusted via the
water−gas shift (WGS) reaction. Note that while this approach
is chosen for all of the DFB configurations to ensure
comparability, it does not necessarily reflect the technology
choices that will be most beneficial economically.
A consequence of the reforming and WGS of the raw gas is
that tuning the carbon distribution of the raw gas via reforming
and cracking reactions of hydrocarbons in the gasifier will not
affect the overall carbon distribution since the operation of the
reforming step will be adjusted to produce a syngas containing
only H2, CO, and CO2. Therefore, affecting the reforming and
cracking reactions in the gasifier only displaces the reactions
from the reformer to the gasifier. Thus, the only way to adjust the
overall carbon distribution is to tailor the heat demand of the
DFB gasification process and change the way in which the heat
demand is covered, which will alter the distribution of carbon
between the flue gas and raw gas. The heat demand can be
decreased by operating at a lower temperature, preheating the
air and steam, preheating and drying the fuel, or decreasing the
heat losses from the system. Note that the reactions in the
gasifier also influence the heat demand, although they are
unlikely to be used as a means to adjust the heat demand. The
gasification, reforming, and cracking reactions increase the heat
demand, whereas the WGS reaction decreases it.
Even though tuning the carbon distribution of the raw gas is
not a viable strategy for adjusting the overall carbon distribution,
enhancing the reactions that reduce the amount of tar and shift
their composition toward less-troublesome species is desirable.
With increasing temperature of operation, the tar increasingly
undergoes reforming and cracking reactions potentially followed
by polymerization reactions at higher temperatures, thereby
creating polyaromatic hydrocarbons and, ultimately, soot.16 The
choice of the operating temperature to minimize the deleterious
impact of tar on the operation will, therefore, be a balance
between the amount of tar and the tar composition. The
reactions that involve tar and precursors thereof can be affected
by the use of catalytic materials17−19 or by the interaction of the
bed material with the fuel ash, leading to the development of
catalytic activity.20−30 Nevertheless, the materials that catalyze
the tar reactions will also likely affect the reforming and cracking
reactions of light hydrocarbons, and they can also catalyze the
WGS reaction. As noted in the previous paragraph, this will
result in an increase in the heat demand of the process.
2.2. Concentrating the CO2 in the Combustor: Oxy-
combustion-Based DFB Gasification. The removal of CO2
from the flue gas is challenging due to its relatively low
concentration, which is expected to be around 15%, comparable
to the concentrations found in the flue gases of combustors. The
separation step can be facilitated or even avoided by replacing
part or all of the air with pure oxygen. The remaining oxygen in
the flue gas can be removed in a postoxidation step, and the gas
can be made ready for compression and storage following some
cleaning steps. Typically, a large fraction of the flue gases must
be recycled to control the temperature in oxyfuel combustion
since combustion in pure oxygen leads to very high adiabatic
flame temperatures.31 This also enables one to control the bed
circulation independently of the oxygen requirement. The state-
of-the-art technique for the production of pure oxygen is the
cryogenic separation of oxygen from air in an air separation unit
(ASU). The typical electrical energy requirement of such a
process is 0.7 MJ/kg O2 (200 kWh/tonne).
32
Another way to concentrate CO2 in the flue gas of the
combustor is to use a bed material capable of adsorbing CO2 in
the gasifier and releasing it in the combustor, in a process often
referred to as “sorption-enhanced reforming”.33 This process has
been investigated for its potential to produce a syngas
particularly rich in H2, and the use of oxyfuel combustion in
the combustor to further increase the CO2 concentration in the
flue gas has been investigated.34 The sorption-enhanced
reforming configuration is not treated in this work.
2.3. Carbon-Free Heat Production Configurations.
2.3.1. Electrical DFB Gasification. The heat demand of the
DFB gasification process can be covered partly or entirely using
electrically heated tube banks immersed in the bed material,
ideally placed in a fluidized section before the combustor, to
avoid erosion.3 Although direct heating of the gasifier is possible,
retaining the combustor is advantageous. It offers the possibility
to deal with sidestreams and waste streams that may be too
challenging to treat otherwise, such as tar and raw gas fly ash,
which contains carbon that has been elutriated and cannot be
converted in the gasifier. This enables the recovery of the carbon
from the tar and raw gas fly ash as CO2 in the flue gas; however,
the amount of carbon thus recoverable may be too small to
justify the cost of a CO2 separation column. Finally, retaining the
combustor also serves as a means to regenerate the bed material,
for instance, from coking.
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2.3.2. Chemical-Looping Gasification. The CLG config-
uration of the DFB has attracted much interest for its potential
to convert fully a solid fuel into syngas, thereby allowing the
recovery of all of the carbon in a single, undiluted stream. The
CLG concept is based on the use of oxygen carriers as bed
materials in a DFB gasification system.15,35 These oxygen
carriers are materials, usually metals, that react with the oxygen
from the air at high temperatures, releasing a large amount of
heat, comparable to that produced by the combustion of char
(per molecules of O2 reacted). In the gasifier, the oxygen that is
taken up is released by reacting with the gas. Some oxygen
carriers can even release their oxygen to the gas phase, where it
can react with the gas or char, thereby contributing to the
gasification process.36 Note that, in the literature on CLG, the
reactor in which oxidation of the bed occurs is referred to as the
“air reactor” rather than the combustor, and the reactor in which
gasification occurs is referred to as the “fuel reactor”. This
nomenclature will be used in this work when discussing CLG.
Nonetheless, the units are to be understood as conceptually
similar, despite the different nomenclatures.
Ideally, the release of oxygen would increase rather than
decrease the quality of the gas, for instance, by oxidizing
troublesome species such as tar, to form CO and H2. However,
the oxidation would likely continue to produce CO2 and H2O.
Furthermore, the concentrations of undesired species are much
lower than those of the syngas and light hydrocarbons. In
particular, the concentrations of H2 and CO are high, and these
are small and reactive molecules that are much more likely than
larger molecules to react with the oxygen on the surface of the
oxygen carrier. Consequently, there is a risk that using oxygen
carriers will lead to a transfer of carbon from CO and light
hydrocarbons to CO2. Despite this, there are still possibilities to
increase the quality of the gas, in terms of increasing cracking
and reforming of tar, bymixing the oxygen carrier with a catalytic
bed material without oxygen-carrying capability or by operating
the air reactor at lower excess air ratios to increase the amount of
reduced oxygen carrier leaving the air reactor, as suggested by
Dieringer et al.37 Nevertheless, the downstream upgrading and
synthesis steps need to be accounted for in determining how this
influences the overall carbon distribution and potential for
recovery.
As mentioned above, CLG theoretically offers the possibility
to convert completely the fuel in the fuel reactor. However,
exploiting this possibility is challenging due to the relatively slow
kinetics of the steam gasification reaction and the stochastic
nature of the mixing in fluidized beds. The mixing can be
controlled to some extent and the residence time can be
increased, for instance, by placing baffles within the reactor.
Reducing the circulation rate of the bed material can enhance
the residence time of the fuel, although this parameter cannot be
freely adjusted since it is tightly linked to the heat balance.
Furthermore, the circulation rate also controls the oxygen
transport and the temperature difference between the air and
fuel reactors. While increasing the temperature and using
catalytic materials can enhance the gasification rate, both cause
an increase in the heat demand of the process. The amount of
char being transported to the air reactor can be minimized using
a so-called “carbon stripper”.38 However, as char is converted, it
tends to fragment, creating smaller particles, and this enhances
the rate of attrition and, thereby, increases the elutriation of char
from the reactor.39 Thus, this carbon will be lost, together with a
small amount of carbon in the form of coking of the bedmaterial,
which is burnt in the air reactor. Note that the concentration of
CO2 in the flue gas in CLG is expected to be low, thus incurring a
separation cost that will most likely be deemed too high to
recover the carbon from the CO2. Consequently, in a scenario
that maximizes carbon recovery, the tar should not be destroyed
by combustion in the air reactor, as this would result in an
increase in the carbon that is not recovered. The tar must,
therefore, be dealt with in some other way.
2.4. CO2 Utilization within the Plant. As an alternative to
sequestration, the CO2 can be utilized within the plant to
synthesize more end product. This requires the addition of H2,
which can be produced from electrolysis of water. This removes
the need for CO2 separation from the syngas, thereby avoiding
the related energy cost, although it comes at the expense of the
energy demand of the electrolysis, which is an energy-intensive
process. CO2 utilization within the plant synergizes particularly
well with the oxyfuel configuration, given that the electrolysis of
Figure 3. Layout of the DFB gasification plant considered in this work. The dashed arrows represent optional pathways. The dashed box for CO2
separation signifies that this separation step is optional. The underlined text items indicate the final outputs from the plant.
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water produces O2 as a byproduct of H2. For the other
configurations, however, there is no purpose for that oxygen.
The utilization of CO2 within the plant is not investigated in this
work. Nonetheless, it is worth noting that CO2 utilization does
not change the potential for carbon recovery of the various
configurations.
3. METHODS
3.1. Plant Layout. The plant layout chosen to compare the DFB
gasification configurations is shown in Figure 3. The main section of the
plant is the DFB gasification unit, which produces the raw gas that will
be refined into the desired range of end products. Prior to its upgrading
and the synthesis of end products, the raw gas will be cleaned of
constituents that could be deleterious to the downstream processes.
The cleaning section is here represented by a filter unit, which separates
the fly ash from the gas, and a tar cleaning unit, which scrubs the tar with
rapeseed methyl ester (RME). This method of tar cleaning is chosen to
reflect its use in the GoBiGas DFB gasifier. The flow of RME in the
process is here assumed to be similar to that in GoBiGas, namely, 0.03
MW/MW fuel. Note that, under this assumption, the level of RME
feeding is independent of the amount and composition of tar generated
by the DFB gasification process. In this work, it is assumed that all of the
tar is successfully absorbed by the RME.
As shown in Figure 3 (dashed lines), the mixture of tar and RME can
be handled by burning in the combustor, thereby contributing to
covering the heat demand. If the heat demand is so high that burning all
of the char, as well as the tar and RMEmixture, is insufficient, then part
of the clean, cold gas can be fed to the combustor, although this is an
inefficient and costly solution. Note that, in an actual plant, the off-gases
from the synthesis section could also be utilized to cover part of the heat
demand. The fly ash removed by the filtration system is also fed to the
combustor to recover the elutriated carbon in form of CO2 in the flue
gas. The circulated fly ash also contributes to reducing the need for
makeup feeding of the bed material, and it can be a means to maintain
high catalytic activity by enhancing the retention of active species.40 In
this work, it is assumed that for all configurations, the fly ash is fed to the
combustor; for the air and oxyfuel configurations, the mixture of tar and
RME is burnt in the combustor; and in the electrical configuration and
the CLG low-T case, it is converted in the reformer.
Downstream of the gas cleaning section, the cold gas enters the
upgrading section, where its composition will be adjusted to meet the
requirement of the synthesis section. In this work, it is assumed that the
synthesis is based on the reaction of the hydrogen and carbonmonoxide
in the syngas only. Therefore, as described in Section 2.1, the gas is
reformed to convert all hydrocarbons to H2 and CO. It is assumed that
the reformer can be optimized to produce a gas that contains only H2,
CO, and CO2. Depending on the desired end product, the syngas needs
to have a certain H2/CO ratio. Consequently, this ratio is adjusted in a
WGS reactor. Finally, the CO2 is removed from the syngas. The
synthesis section is represented by a black box, wherein the syngas is
completely converted to the end product. The range of possible end
products is represented by their apparent C/H ratio, which corresponds
to the C/H ratio of the end product corrected by the oxygen content,
where two Hs are removed per O removed, in line with the water
molecule. In this way, a C/H ratio of 0 corresponds to the production of
H2 and a C/H ratio in the range of 0.25−0.50 represents the range of
possible hydrocarbons, with CH4 at the 0.25 limit and waxes (−CH2−)
at the 0.50 limit. Using the apparent C/H ratio, oxygen-containing end
products can be fitted to this definition: for instance, methanol as the
end product corresponds to a C/H ratio of 0.50.
Concerning the flue gas, cleaning and conditioning must be
performed prior to its emission into the atmosphere, despite this not
being represented in Figure 3. Depending on the concentration of CO2
and on the ambition with respect to carbon recovery, a CO2 separation
unit may be required. In this work, CO2 separation, whether from the
flue gas or syngas, is assumed to be carried out using a state-of-the-art
scrubbing process based on methyl ethanolamine (MEA). For the flue
gas, the heat duty of the reboiler to evaporate the CO2 from the aqueous
amine solution is assumed to be 4 MJ/kg CO2, which corresponds to a
conservative value based on a typical minimum range of 3.6−4.0 MJ/kg
CO2 for 90% CO2 removal from the flue gas.
41
For the syngas, the 4 MJ/kg CO2 value is selected as the maximum
expected value of the reboiler heat duty, but the actual value will likely
be lower since the CO2 concentration is expected to be higher than in
the flue gas and the pressure above atmospheric pressure, both of which
reduce the reboiler duty. For reference, the specific reboiler duty for a
syngas with 40 vol % CO2 at 20 bar is estimated to be 1.9 MJ/kg CO2,
based on the model developed by Garđarsdot́tir et al.42 The reason for
the elevated pressure is that the downstream synthesis steps will likely
be operated above atmospheric pressure, and compressing the raw gas
prior even to its reforming is likely to be the preferred solution since the
volume flow will then be lower than that after the reforming step. As the
pressure and CO2 concentration in the syngas increase, other
separation techniques than amine absorption may be preferred, but
this choice will be the same for all configurations. Regardless of the
separation techniques and gas characteristics, it is assumed that all of the
CO2 is removed. Since the goal is to compare the DFB gasification
configurations rather than to give a realistic value for the energetic cost
of the CO2 separation, this approach is considered to be reasonable.
3.2. Evaluation Cases. The cases that are compared in this work
are described in Table 1. The mass and energy balances of the DFB
gasification section are solved based on gas compositions obtained
experimentally in the Chalmers DFB gasifier, as shown in Table 2. The
reference inert composition, which corresponds to experiments
performed at 805 °C with silica sand as the inert bed material, is
Table 1. Descriptions of the Cases Investigated in This
Worka
configuration case tag description
air air inert air as the oxidant in the combustor; inert bed
material (silica sand)




air as the oxidant in the combustor; gas
assumed to be fully reformed to syngas
oxyfuel oxy active pure oxygen as the oxidant in the combustor;
active bed material (aged olivine)
oxy full
reforming
pure oxygen as the oxidant in the combustor;
gas assumed to be fully reformed to syngas
CLG CLG low-T chemical-looping gasification with ilmenite at
827 °C; the gas composition is that derived
from experiments conducted in the
Chalmers gasifier
CLG high-T chemical-looping gasification with ilmenite at
950 °C; gas assumed to be fully reformed to
syngas
electrical El active electrically heated DFB gasifier; active bed
material (aged olivine)
aIn the second column, the tag by which each case is referred to in the
text is indicated.









H2 mol/kg daf 9.35 22.01 4.19
CO mol/kg daf 12.75 7.00 6.12
CO2 mol/kg daf 5.06 17.12 18.21
CH4 mol/kg daf 4.68 3.01 2.75
C2H4 mol/kg daf 1.44 0.80 0.93
C2H2 mol/kg daf 0.10 0.01 0.06
C2H6 mol/kg daf 0.19 0.16 0.06
C3H6 mol/kg daf 0.10 0.14 0.04
TOC mol C/mol C fuel 0.087 0.036 0.061
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used to determine the air-inert case. The reference active composition
was obtained at 816 °C with the bed material consisting of olivine that
had been activated by its interaction with biomass ash in the DFB
gasifier over several days and to which a small amount of K2CO3 was
initially added to enhance the activation rate. This gas composition is
used to determine the active cases of the air, oxyfuel, and electrical
configurations. The CLG low-temperature (CLG low-T) case is based
on an experiment carried out at 827 °C, with ilmenite as the oxygen-
carrying bed material. The use of a different gas composition for the
CLG configuration reflects the different types of catalytic effects
(excluding oxygen transport) that ilmenite and olivine can produce.
Note that ilmenite is the most commonly applied natural oxygen
carrier43 and olivine is the catalytic bed material of choice in industrial-
scale DFB gasification.9,10,44
In addition to the comparison of the four configurations, the air-inert
and air-active cases are compared to investigate the differences induced
by a change of the bed material from an inert one to a very active one.
To determine the mass and energy balances at high temperatures,
beyond those that can be achieved in the Chalmers gasifier, a case in
which thermodynamic equilibrium is achieved is considered. In this
case, referred to as “full reforming” for the air and oxyfuel
configurations, the gas is fully reformed (in the gasifier) to a syngas
that contains only H2, CO, and CO2. This provides reasonable
estimates of the mass and energy balances. As the operating
temperature increases from the 816 °C of the air and oxy-active
cases, the gas composition approaches that of the full reforming cases at
high temperatures. Species that diverge from the syngas actually
produced at high temperatures might create technical problems, e.g.,
soot and heavy tar, but they have little impact on the mass and energy
balances. The same approach is taken to evaluate the CLG high-T case
at 950 °C, which corresponds to a more realistic CLG case than the one
obtained in the Chalmers gasifier at 827 °C, since such a low
temperature is unlikely to allow for complete conversion of the fuel in
the fuel reactor.
The gas compositions given in Table 2 are not used directly but are
instead adjusted to remove the effects of gasification and oxygen
transport. Indeed, the degree of gasification achieved during experi-
ments does not match that set by the heat demand since the heat
production in the CFB of the Chalmers DFB gasifier largely exceeds this
requirement. TheH2 andCO yields are, therefore, adjusted to eliminate
the effect of gasification. Concerning the oxygen transport, the
availability of oxygen in the CFB is also much higher than required
by the heat balance in an actual DFB gasification unit. Therefore, the
oxygen transport measured in the Chalmers DFB gasifier is considered
to be unrealistic, so its contribution to the gas composition is removed
by increasing the H2 and CO yields and decreasing the CO2 yield,
assuming that only H2 and CO reacted with the transported oxygen, in
equal parts. Accounting for the oxygen transported, the priority is given
to the H2 and CO formed from gasification of char, before the H2 and
CO formed from devolatilization and volatile reactions.
Therefore, there are two possibilities for the adjustment of the gas
composition, depending on how the oxygen transported compares with
the oxygen required for oxidation of the H2 and CO formed from char
gasification: (1) If it is lower, then the H2 and CO yields are decreased;
and (2) if it is higher, then the H2 and CO yields are increased to
account for the oxidation of volatiles. The CO2 yield is then determined
from the carbon balance since the amount of carbon in the permanent
gas is known. The heat demand is then used to determine the achievable
degrees of gasification for the air and oxyfuel configurations (albeit not
from the kinetic standpoint), as well as the levels of oxygen transport for
the CLG cases.
The assumptions mentioned in the previous paragraph are deemed
reasonable, given that H2 and CO are the species most likely to react
with the transported oxygen, as explained in Section 2.3.2.
Furthermore, devolatilization is more likely to occur on the bed
surface,45,46 especially at larger scales. Additionally, the design of most
industrial-scale DFB gasifiers, which are based on the Güssing gasifier,
circulate the bed to the combustor through the bottom of the gasifier,
thereby forcing the char to go into the bed instead of staying on top of it,
thus increasing the contact between gasification products and the bed
material. Therefore, the gasification products are more likely to be
oxidized than the volatiles.
3.3. Evaluation of the CO2 Separation Sections. The energy
demand for desorption of the CO2 from the saturated MEA solution
can be determined based on the assumed specific heat demand of the
desorption step per unit mass of CO2 and based on the levels of carbon
recovery in the flue gas and syngas. The temperature level of the
required heat load is low, which means that it can be covered in part or
entirely by heat integration. A complete assessment of the available heat
sources and their temperature levels is beyond the scope of this paper
and depends to a large extent on the plant design, thus it cannot be
generalized. Nonetheless, the main heat sources of the plant will be the
flue gas and raw gas from the DFB unit. Therefore, a comparison of the
potentials for heat extraction from these sources with the reboiler heat
duty can indicate whether the demand can be covered internally or
whether additional energy will be required. The investment cost of the
separation equipment, reflecting mainly the size of the absorption and
desorption columns, can be qualitatively compared and discussed
between the DFB configurations by comparing the number of streams
from which CO2 must be extracted (one or two, depending on whether
the CO2 from the flue gas is recovered) and the CO2 concentrations in
these streams. The electrical energy demand, which is related to the
production of pure oxygen for the oxyfuel configuration and direct
heating for the electrical configuration, is also of interest for the
evaluation of CO2 separation, as it corresponds to the energy associated
with avoiding the need for separation of CO2 from the flue gas stream.
In this work, the calculation of the heat recovery potential assumes
that the gas is cooled to 160 °C and that the tar is scrubbed off the raw
gas using RME. Although other approaches may allow for higher heat
recovery, this solution is chosen to ensure the comparability of the
cases. Furthermore, this is the approach chosen in the GoBiGas DFB
plant, which is the reference for most of the assumptions made. Besides,
this approach relies on cold fly ash removal and gas cleaning
technologies, which are easier to implement than hot technologies.
3.4. Experimental Section. 3.4.1. Chalmers DFB Gasifier. The
heat and mass balances in this work are based on gas compositions
obtained from the Chalmers DFB gasification system. The gasifier is a
2−4-MWth bubbling fluidized bed, which was retrofitted to a 12MWth
CFB boiler. An extensive description of the unit can be found
elsewhere.47
3.4.2. Measurement System. The measurement system of the
Chalmers DFB gasifier has been extensively described by Berdugo
Vilches et al.48 Only a brief summary is given here. A slipstream from
the raw gas is extracted and filtered to remove the particulate matter.
From that slipstream, two substreams are produced. The first substream
is quenched with cold isopropanol to remove the tar and moisture and
is then sent to a microgas chromatograph, where the composition of the
dry gas is analyzed. The tar is sampled from that same substream, prior
to its quenching, using the solid-phase adsorption method, which has
been described by Israelsson et al.49 The elution of the adsorption
columns and the analysis of the eluate are described elsewhere.48,49 The
second raw gas substream is cracked in a high-temperature reactor
(HTR) at 1700 °C to produce a syngas that consists exclusively of H2,
CO, CO2, and H2O. This enables the quantification of the degree of
gasification, as well as of the amount of carbon in the form of
hydrocarbons withmore than three carbon atoms, referred to as “TOC”
in Table 2. TheHTR and its use in the elucidation of the carbon balance
have been described by Israelsson et al.50 The dry, cold gases from both
substreams are analyzed in microgas chromatographs of the same
model with similar columns. The gas species measured are H2, He, N2,
CO,O2, CO2, CH4, C2H2, C2H4, C2H6, C3H6, C3H8, andH2S. Note that
the presence of helium in the gas is due to its use as a tracer in the
gasifier, which enables the quantification of the carbon distribution.
3.4.3. Materials. The results presented in this work are based on the
gasification of wood pellets, the characteristics of which are assumed to
be similar to those of the wood pellets used to obtain the gas
compositions given in Table 2. The proximate analysis, ultimate
analysis, and calorific value of the wood pellets considered in this work
are presented in Table 3. The compositions of the reference bed
materials (silica sand, olivine, and ilmenite) are given in Table 4. Note
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that these are the compositions of the fresh materials, before any
interaction with ash components from the fuel. This is, therefore, not
representative of the state of the bed materials in the DFB gasifier that
resulted in the gas compositions given in Table 2. This is true, in
particular, for olivine, which can be expected to have interacted strongly
with the ash components. The results of DFB gasification experiments
in the Chalmers system using these bed materials have been reported
previously.51−53
3.5. Additional Assumptions. This section describes three
additional assumptions that were employed when determining the
cases described above. As mentioned in Section 2.2, recirculation of the
flue gas is necessary to maintain a low flame temperature in the oxyfuel
configuration. In this work, the required rate of flue gas recirculation is
set so that the adiabatic flame temperature of the oxyfuel configuration
is the same as that of the air configuration. This results in recirculation
of about 75% of the flue gases. The flue gases produced in the oxyfuel
configuration will still contain some oxygen since the combustor is
operated at an excess oxygen ratio of 1.2, which is a value selected for
comparability with the other configurations, for which the excess
oxygen ratio is also 1.2. The choice of this value results in O2
concentrations in the dry flue gas of about 5%, which is comparable
with values obtained in oxyfuel combustion installations.31 To react the
remaining O2 in the flue gas, a postcombustion step is introduced. In
this step, syngas is preferred to raw gas to avoid having unburnt
hydrocarbons in the postcombustion gases.
A final key assumption concerns the amount of char elutriated due to
its erosion and fragmentation during conversion in the gasifier. It is
assumed that this level of char elutriation accounts for 10% of the
carbon in the char. Therefore, the maximum possible conversion rate is
90%. The choice of this value is arbitrary, as the actual value will be
device- and fuel-specific. It is set to 10% to represent the fact that carbon
is found in relatively high amounts in the product gas ash from DFB
gasifiers,8,10 part of which can be expected to be in the form of char.
Nonetheless, this choice has little impact on the results, as varying the
level of char elutriation between 1 and 30% of the carbon in the char
resulted in only limited changes in the carbon and energy balances.
Table 5 summarizes the key assumptions that differ between cases,
namely, whether RME is introduced to clean the raw gas of tar, whether
the mixture of tar and RME is combusted, and whether the char
conversion is fixed by the heat demand or assumed complete. Feeding
of RME is necessary in all cases except those that assume that the gas is
fully reformed in the gasifier, i.e., the air full reforming, oxy full
reforming, and CLG high-T cases. The mixture of tar and RME is
assumed to be converted in the reformer instead of being burnt in the
combustor in the carbon-free heat production configurations, i.e., the
CLG low-T and El-active cases.
4. THEORETICAL CONSIDERATIONS
4.1. Theoretical Yields. The purpose of this section is to
provide a theoretical basis for the conversion of fuel to a given
end product by reaction with steam and to detail how an actual
DFB gasification process will deviate from the theory. The
conversion of biomass with composition CHyOz to produce an
end product CHiOj using steam can be written as the following
conceptual reaction
+ · → · + ·a b cCH O H O CH O COy z i j2 2 (R1)
From this equation, it is clear that the production of the end
product is accompanied by the production of a certain amount
of CO2. The theoretical yields of carbon recovered as the end
product and the CO2 that can be produced without further
synthesis of the CO2 produced, referred to as b and c,
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Actual DFB gasification deviates from the theoretical case in a
number of ways. First, the energy demand for the reactions and
the heating of the fuel is met by combusting part of the char,
resulting in less available carbon for the syngas. To burn that
char, an oxidant is needed, which incurs a heat demand to bring
it to the combustor temperature since it is unlikely that there are
heat sources in the process that can be used to preheat the
oxidant to that temperature. Similarly, it is unlikely that the
steam will be preheated to the gasifier temperature, incurring an
additional energy demand. Furthermore, the gasification and
combustion reactor will entail some losses due to the
imperfection of the construction and insulation. The fuel
Table 3. Proximate Analysis, Ultimate Analysis, and Calorific
Value of the Wood Pellets Used in This Worka






















8.0 0.4 16.0 83.6 50.5 6.2 43.3 18.8
a“daf” refers to the dry ash-free fuel.
Table 4. Elemental Compositions (Mass Percentages) of the
Reference Bed Materials in This Work
silica sand olivine ilmenite
Si 46.37 19.49 0.14
Fe 0.04 5.18 34.25
Mg 29.91 0.56





resta 53.50 44.96 33.54
aRefers to minor and trace metals and oxygen.
Table 5. Summary of the Key Assumptions That Differ
between Casesa,b
assumptions




air air inert yes yes fixed by heat








CLG CLG low-T yes no complete (but
limited by
elutriation)
CLG high-T no n.a.
electrical El active yes no
an.a., not applicable. bThe RME assumptions indicate whether RME
input is necessary or not.
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hopper and the feeding system must be inertized, which can be
accomplished with CO2. However, this also increases slightly the
heat demand of the gasifier. Finally, the circulating bed material
will lose some heat between the combustor and the inlet of the
gasifier, which means that the combustor must be operated at a
higher temperature (generally about 50 °C higher) than the
target temperature of the gasifier. All of these deviations from the
ideal situation result in an increased heat demand of the process.
However, there is also a deviation that causes a decrease in the
heat demand relative to the theoretical case, with all else being
equal: the extents of the reactions in the gasifier. The kinetics of
the reaction in the gasifier means that the gas will be much more
complex than the theoretical syngas. Besides, the gasification of
char is a slow process, the completion of which is challenging in a
DFB gasifier due to the circulating bed limiting the residence
time.
4.2. Choice of Operating Temperature. In this work, the
DFB gasification configurations are compared at similar
gasification temperatures for the air-inert, air-active, oxy-active,
El-active, and CLG low-T cases (see Section 3.2). However, the
chosen operating temperature for the gasifier will differ between
the configurations. The choice of operating temperature is
complex and depends on many factors. The temperature is
expected to affect the carbon distribution of the process since it
directly influences the heat demand of the DFB gasification
process. Furthermore, it affects the kinetics of the reactions that
occur in the gasifier, as well as their equilibrium, although for
most reactions equilibrium is not expected to be reached in the
gasifier due to limited residence times. The energy efficiency of
the plant is also expected to be impacted since a change in the
carbon distribution will likely change the energy demands of the
upgrading and synthesis steps, as well as of the CO2 separation
process. Beyond the aspects of carbon recovery and energy
efficiency, some practical considerations affect the choice of
temperature. With higher temperatures, the risk of agglomer-
ation of the bed material increases, as does the risk of fouling of
the heat exchange surface, since heavier, high-boiling-point tar
species are formed at higher temperatures.16 Finally, the degree
of char gasification that the DFB gasifier can sustain will directly
determine the gasifier temperature. Indeed, at higher temper-
atures, the gasification rate increases but the increase in heat
demand requires more char to be combusted, which means that
the systemwill equilibrate to a lower temperature unless cold gas
is burnt to maintain that temperature at that degree of
gasification.
5. RESULTS
5.1. Carbon Distribution. The carbon distributions of the
various DFB configurations are shown in Figures 4 and 5. Figure
4 shows the levels of carbon in the form of CO2 in the syngas,
while Figure 5 shows the carbon in the end product. Note that
the carbon distribution is based on the carbon input of the fuel.
However, for the cases in which RME is needed to remove the
tar, i.e., all cases except the CLG high-T case and the theoretical
curve (reaction R1), this introduces a slight discrepancy in the
figure since the total amount of carbon fed to the system differs
slightly. Figure 6 shows the breakdown of the total heat demands
of the DFB gasification processes, as well as the carbon
intensities of the various cases. The carbon intensity refers to the
CO2 produced in both the flue gas and raw gas as a result of the
heat production method. For CLG, this corresponds to the CO2
formed in the raw gas by oxidation of carbon-containing species
by the oxygen transported to the fuel reactor.
Figure 5 shows that there is little difference between the
various cases regarding the carbon in the form of end product,
with the exceptions of the electrical configuration and the high-
temperature CLG case. The CLG high-T case shows the lowest
level of carbon recovered as the end product, which is explained
by its higher heat demand, due to the higher temperature as well
as the more intense heat of reaction (gasification and volatile
reforming). Nonetheless, there is little difference between the
low- and high-temperature CLG cases. The electrical config-
uration, as expected, produces a carbon distribution close to that
of the stoichiometry of reaction R1, as it is unaffected by the
“loss” that corresponds to the requirement of fulfilling the heat
demand. The only discrepancy from the theoretical curve results
from the RME fed and the elutriation of 10% char.
The use of the CLG configuration leads to the highest level of
CO2 in the syngas and the lowest level (albeit only slightly so for
the CLG low-T case) of recovery of carbon as the end product,
despite allowing for complete fuel conversion and not requiring
Figure 4. Carbon in the form of CO2 in the syngas versus the apparent
C/H ratio of the end product. The dashed line represents the
theoretical amount of carbon in the form of CO2, according to reaction
R1. The profiles shown in the graph for the air-inert and oxy-active cases
are overlapping.
Figure 5. Carbon in the form of end product versus the apparent C/H
ratio of the end product, for C/H ratios in the range of 0.25−0.50. The
dashed line represents the theoretical amount of carbon in the form of
CO2, according to reaction R1. The profiles in the graph for the air-inert
and air-active cases are overlapping.
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direct combustion of char or gas. This is the result of two
phenomena: (1) bed oxidation drives the transport of oxygen to
the fuel reactor, which in turn causes the conversion of carbon in
the products to CO2, and (2) the high degree of gasification
entails a higher heat demand than is seen in the air and oxyfuel
configurations. As shown in Figure 6, this results in the carbon
intensity in the CLG configuration being similar to or even
higher than those in the air and oxyfuel configurations.
5.2. CO2 Separation. Figure 7 shows the values of the
energy demands and sources relevant to the evaluation of the
CO2 separation step, according to Section 3.3. The reboiler heat
duties for separation of the CO2 from the syngas, for end
products with C/H ratios of 0, 0.25, and 0.50, are shown,
distinguishing between the reboiler duty for the separation of
CO2 from the flue gas (continuous boxes) and the energy
demand for the separation of CO2 from the syngas (dashed
boxes). For reference, the energy demand for CO2 separation
from a syngas with 40 vol % CO2 at 20 bar using MEA
absorption is indicated by a black dot. It is clear from the figure
that the reboiling of the amine solution represents a major share
of the overall energy demand of the plant, as it can be
comparable to the total heat demand of theDFB unit (see Figure
6) depending on the cost for energy separation of the syngas.
Comparing the two air cases, it is apparent that the extents of the
reactions inside the gasifier have only weak impacts on the
reboiler heat duty and the available heat. Similarly, the two CLG
cases show little difference from each other. Given their large
amounts of available heat, the CLG cases are likely to be in a
position to benefit from heat integration to cover their reboiler
heat duties.
The energy demand associated with oxygen production in the
oxyfuel configuration is rather low and leads to a significant drop
in the total reboiler heat duty since the postcombustion flue gas
does not require further CO2 separation before compression and
sequestration. It should be noted that while the oxyfuel
configuration is advantageous from the energy standpoint, it
may not be from an exergy perspective since the value of the
electric energy used is much higher than the heat required by the
reboiler. In the case of the electrical configuration, the electrical
heat demand to heat the bed material is high, reaching about
30% of the energy input with the fuel. Furthermore, this case has
the lowest available heat, owing to the low gas flow in the
combustor (relative to all the other cases). Depending on the
energy requirement for CO2 separation from the syngas, heat
integration may not be sufficient to cover the reboiler heat duty
and heat might need to be provided electrically, thereby
decreasing the overall energy efficiency of the plant.
The reboiler heat duties shown in Figure 7 for the various
cases are only measures of the energetic cost of separating the
CO2. Thus, they do not inform as to the costs related to the
dimensions of the separation columns and to the levels of MEA
needed. These aspects can be indirectly assessed by looking at
the concentrations of CO2 in the syngas and flue gas, as shown in
Figure 6. Contributions to the total heat demands of the various cases
and the carbon intensities of the heat production methods. The latter
represent the amounts of CO2 produced in both the flue and raw gases
due to the production of heat. The carbon intensity is represented by a
white bar next to the stacked bars, and its values are displayed on the
right vertical axis.
Figure 7. Energy demand for CO2 separation for the various end products, as compared with the available heats (latent and sensible) from the raw gas
(RG) and flue gas (FG), for the various DFB configurations. The electricity demands for the production of pure oxygen (oxyfuel configuration) and for
direct heating (electrical configuration) are also shown. The reboiler duties for the separation of the CO2 from the flue gas are shown in continuous
boxes, whereas the energy demands for the separation of the CO2 from the syngas are shown in dashed boxes. The black dot represents the energy
demand for CO2 separation from the syngas gas whenMEA absorption is used, for a syngas with 40%CO2, at 20 bar, corresponding to a specific energy
requirement of 1.9 MJ/kg CO2.
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Figures 8 and 9, respectively. It can be seen from Figure 8 that
the concentration of CO2 in the syngas is similar for all cases,
except for the CLG cases, which result in higher concentrations
of CO2. Based on this finding, the CLG configuration will have a
lower specific energy requirement for CO2 separation (per unit
mass of CO2 removed), meaning that, for a given syngas
pressure, the value of the energy for CO2 separation from the
syngas shown in Figure 7 will be lower than those for the other
cases. However, this is probably mainly true at the higher C/H
end product target since the increase in specific heat of CO2
desorption with an increment in CO2 concentration decreases at
higher concentrations. As noted in Section 3.1, when higher
pressures are required by the downstream synthesis section,
other separation technologies than amine absorption may be
preferred, for which the specific energy requirement for CO2
separation may be lower and heat integration not a possibility.
As shown in Figure 9, the CO2 concentration in the flue gas is
comparable to that of the CFB combustors with the air and
electrical configurations. Note that the CO2 concentration in the
electrical configuration is relatively high, whereas the absolute
amount of carbon in the form of CO2 is low. As a consequence,
the investment cost related to building a second scrubbermay be
deemed too high. For this reason, the CO2 from the flue gas was
considered to be not recovered in the electrical configuration. In
the oxyfuel configuration, the postcombustion flue gas does not
require further CO2 separation, as mentioned previously. For the
CLG cases, the CO2 concentration is so low that separation will
be too costly, from both the investment and energy standpoints.
5.3. Choice of Operating Temperature. Figure 10 shows
the impacts of increasing the operating temperature from 810 °C
(lowT) to 950 °C on the carbon distribution, reboiler heat duty,
and electrical demand for the air and oxyfuel configurations. For
both of these configurations, operating at a higher temperature
decreases the amount of carbon recovered in the end product.
Despite some small differences between the configurations, it
appears that an increase in temperature as large as 140 °C does
not significantly affect the carbon distribution. The energy
demand of the CO2 separation step is unlikely to be significantly
impacted, given that the reboiler heat duty is scarcely affected by
the higher operating temperatures. Nonetheless, the higher
temperature levels of the raw gas and flue gas from the DFB
gasifier mean that there is greater potential for heat recovery and,
thereby, heat integration. It is, however, difficult to justify
operating at high temperatures, given that this entails an
increased risk of operational issues, such as an increased risk of
Figure 8. CO2 concentrations in the syngas versus the apparent C/H
ratios of the end products for the different configurations. The profiles
shown in the graph for the air-inert, air-active, oxy-active, and El-active
cases are overlapping.
Figure 9. CO2 concentrations (black bars) and fractions of carbon in
the form of CO2 in the flue gas (white bars, relative to the carbon in the
fuel) for the different configurations.
Figure 10. Effects of an increase in operating temperature on the carbon distribution, reboiler heat duty, and electrical demand for the air and oxyfuel
configurations. LowT refers to the air/oxy-active case at 810 °C. Full reforming refers to a case in which the gas is fully reformed at 950 °C, as described
in Section 3.2. Note that the carbon distribution is here based on the total carbon input, i.e., including the RME. The results shown are for a C/H ratio
of 0.25.
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agglomeration and, potentially, an increase in fouling from tar
condensation. Higher temperatures promote the formation of
heavier tar species with higher boiling points but also decrease
the total amount of tar, such that the net effect on fouling risks
will depend on the temperature level and the type of fuel.
Furthermore, the heat balance requires the combustion of all of
the char produced from the fuel, which at such high
temperatures would be challenging since the gasification rates
would be high. This would necessitate either high circulation
rates to keep the fuel residence time low, which would severely
increase the energy demand from the air fan, or the combustion
of more cold gas to cover the heat demand at a high degree of
gasification. Overall, there appears to be no incentive for the
operation of the air and oxyfuel configurations at high
temperatures.
This result is in accordance with that reported by Alamia et al.,
who modeled DFB gasification based on data acquired from the
GoBiGas plant. The authors found that operating the gasifier at a
lower temperature led to an increase in the cold gas efficiency,
i.e., the ratio of energy in the cold gas to the energy content of
the fuel. However, it should be noted that in the GoBiGas DFB
gasifier, the level of recirculation of cold gas to the combustor is
significant and that a decrease in temperature only led to a
decrease in cold gas recirculation without affecting the degree of
gasification.54
5.3.1. Covering the Heat Demand: Char Combustion
versus Cold Gas Combustion. Even when operated at 810 °C,
the heat demand of the air-active DFB process is such that no
gasification is allowed and all of the char needs to be combusted
(Figure 6). Nevertheless, some gasification is expected to occur,
especially since catalytic species are introduced, as biomass ash
and additives to reduce the amount of tar and, consequently,
reduce the risk of fouling in the cooling sections. Therefore,
some of the cold gas will need to be combusted. The impact of
the combustion of cold gas, as compared with the combustion of
char, is shown in Figure 11, comparing a case in which, at 810
°C, 50% of the heat demand is provided by the combustion of
cold gas with the reference case, which is based on prioritizing
the combustion of char. For both the air-active and oxy-active
cases, the degree of gasification, degree of cold gas recirculation,
carbon distribution, and carbon intensity of the heat production
are shown.
Covering half of the heat demand through the combustion of
cold gas allows reaching a degree of gasification of 50% for the air
configuration and 65% for the oxyfuel configuration. These
targets are unlikely to be achievable at 810 °C.However, the goal
here was to exaggerate the degree of cold gas recirculation to
assess the impact on the carbon balance. As can be seen in Figure
11, for both configurations, combusting the cold gas leads to a
slight decrease in the recovery of carbon as the end product,
which is a consequence of the increased heat demand that arises
from the increased degree of gasification. Overall, these results
indicate that the combustion of cold gas (as compared with the
combustion of char) is detrimental, albeit less so for the oxyfuel
configuration, and the effect will be more pronounced at higher
temperatures. This suggests that, at low temperatures of
operation, one should strive to limit the char gasification rate.
6. FEASIBILITY LEVELS OF THE CARBON-FREE HEAT
PRODUCTION CONFIGURATIONS
The main obstacle facing the carbon-free heat production
configurations is the very aspect that makes them so attractive in
the first place, namely the potential to achieve complete
conversion of the fuel in the gasifier/fuel reactor. Due to the
interdependence of numerous parameters in the DFB setup,
achieving complete conversion via optimization of the operating
parameters is challenging. Moreover, the conditions that allow
for complete conversion can be so extreme to increase the risk of
operational issues. For instance, for both the CLG and electrical
configurations, high temperatures may lead to agglomeration
and may, when combined with alkali for catalysis, increase the
risk of corrosion. This is especially troublesome for the structural
integrity of the tube banks in the electrical configuration.
Nevertheless, due to the stochastic nature of the mixing in the
fluidized bed, transport of some char to the combustor/air
reactor is unavoidable. Consequently, the use of a carbon
stripper to eliminate or minimize that loss is necessary. Instead
of aiming for complete conversion, char could be considered as a
product of the plant.
Achieving complete conversion in the gasifier/fuel reactor
may be simpler when converting carbon sources that produce
little char. Fortunately, the primary source of carbon in the
future carbon system will be carbon-containing waste, a large
fraction of which is expected to be polyolefinic in nature.
Therefore, under gasification conditions, these wastes are
expected to produce little char, the level of which could be
insufficient to cover the heat demand in the air and oxyfuel
configurations but would be much more suitable than biomass
for the carbon-free heat production DFB configurations.
Furthermore, the amount of elutriated char would be greatly
Figure 11. Impacts on the degree of gasification, degree of cold gas recirculation, carbon distribution, and carbon intensity of covering 50% of heat
demand by combusting cold gas, as compared with the reference, i.e., combustion of the tar−RMEmixture, fly ash, and char only. The carbon intensity
here refers to the amount of CO2 produced in both the flue gas and raw gas due to the heat productionmethod. The results shown are for a C/H ratio of
0.25.
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decreased, thereby reducing carbon loss through the flue gas.
Still, plastics tend to form more and heavier tars than
biomass,55,56 and this may result in higher levels of soot.
Nonetheless, polyolefin-rich waste should be a suitable fuel for
conversion using the CLG and electrical configurations.
Another challenge with the CLG configuration is related to
the oxidation of the gases in the fuel reactor. As shown in Figure
5, this leads to the lowest carbon recovery in the end product. An
advantage of CLG is its potential to facilitate carbon recovery by
not producing CO2 in the flue gas and allowing higher-level
conversion in the fuel reactor. However, there is still a significant
energy requirement for the separation of the CO2 from the
syngas, especially considering that most of the carbon is
recovered in the form of CO2 in the syngas. Nevertheless, as
shown in Figure 7, the energy demand for CO2 separation is
lower than for the regular DFB case and comparable to the
oxyfuel configuration. Furthermore, there is a difference from
the investment cost perspective since the regular DFB case
assumes separation of CO2 in both the flue gas and syngas,
whereas only the syngas is treated in the CLG configurations.
7. CONCLUSIONS
Four DFB gasification configurations, air, oxyfuel, CLG, and
electrical, are compared on the basis of the carbon distributions
that they produce and the potentials for carbon recovery that
result from those distributions. In addition, their energy
demands for CO2 separation are evaluated through their
reboiler heat duties and their potentials for heat integration.
Comparing the configurations shows that the air and oxyfuel
configurations lead to similar carbon distributions. The impact
of using an inert or active bed material, even though critical for
operability, is found to be low for the overall carbon distribution.
The CLG configuration leads to the lowest level of recovery of
carbon as the end product and the highest level of recovery of
CO2 in the syngas. The oxyfuel and CLG configurations show
the lowest energy demand for CO2 separation, although it is not
possible from this work to state which of the two exhibits the
lowest. For the oxyfuel configuration, the difference with the
other cases (except the CLG ones) is greater than the energy
required to produce pure oxygen. The electrical configuration
entails reboiler heat duties that are comparable to those of the
other configurations, albeit with a lower potential for heat
recovery. Nonetheless, from an investment cost perspective, the
CLG and electrical configurations are favored over the air
configuration, as they require only one scrubbing column, for the
syngas only.
Concerning the choice of operating temperature, there is no
incentive to operate the gasifier at high temperatures for the air
and oxyfuel configurations, as this does not lead to any
significant change in the carbon distribution but instead leads
to increased heat demand. If recovery of an end product is the
main goal, then operation at low temperatures is preferred.
Overall, for the air and oxyfuel configurations, there is no driver
to increase the degree of gasification but instead there is reason
to limit it and operate at low temperatures.
The carbon-free heat production configurations need to
accomplish complete conversion in the gasifier/fuel reactor.
Thus, these configurations are more suited to the extraction of
carbon from low-char-forming sources, such as plastic waste,
rather than from biomass. The CLG configuration only makes
sense if the complete conversion can be achieved. Otherwise,
any process that produces heat by oxidizing both char and the
bed material only leads to decreased carbon recovery as CO2 in
the raw gas (and downstream in the syngas), as compared with
the ideal CLG case, and a lower concentration of CO2 in the flue
gas compared with regular DFB gasification, leading to a more
challenging CO2 separation step.
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Hvitt for their assistance with the experimental work and
Maximillian Biermann for his help with the estimation of the
specific reboiler duty for the MEA absorption from the syngas.
The authors also thank Vincent Collins for his skillful editing of
the manuscript.
■ REFERENCES
(1) Van Ewijk, S.; Stegemann, J. A.; Ekins, P. Global Life Cycle Paper
Flows, Recycling Metrics, and Material Efficiency. J. Ind. Ecol. 2018, 22,
686−693.
(2) Masson-Delmotte, V.; Zhai, P.; Pörtner, H.-O.; Roberts, D.; Skea,
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